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ABSTRACT

Modelling and experimental validation of solvent recovery from an aroma mixture by batch
distillation process is presented, with particular emphasis of the effect of the prediction of the
physicochemical properties and the phase equilibrium data on the content of the aroma
compounds in the distillate cuts. The illustrative case study refers to an industrial batch
distillation to recover dimethyl carbonate (DMC) from an extract generated by a solvent
extraction process involving variable natural raw materials for tailored perfume and fragrance
applications. Due to the high number of aroma compounds in natural extracts, a synthetic
mixture containing six target aroma compoungpifiene, eucalyptol, linalool, cis-3-hexenol,
fenchone and benzyl acetate) was mixed with DMC for the modelling and experimental
studies of the batch distillation process. The methodology is tested through the simulation of
the process with BatchColumn® software. As physicochemical properties of the aroma
compounds and the vapour — liquid equilibrium (VLE) of all involved mixtures are required
for simulation study, group contribution methods are used to predict missing properties such
as vapour pressure, vaporisation enthalpy and liquid and vapour heat capacities. For VLE
calculation, the modified UNIFAC group contribution method is considered and new binary
interaction parameters for the main groups COO and CH20 are regressed from experimental
data. Simulation results are in good agreement with experiments carried out in a fully
automated batch distillation column at 15 kPa and help optimise the industrial process
operation. The proposed methodology can be applied for the design of other solvent recovery
process in fragrance industry.

Keywords: aroma compounds, solvent recovery, batch distillation, process simulation, group

contribution methods

1

© 2019 published by Elsevier. This manuscript is made available under the CC BY NC user license
https://creativecommons.org/licenses/by-nc/4.0/


http://www.elsevier.com/open-access/userlicense/1.0/
https://www.elsevier.com/open-access/userlicense/1.0/
https://www.sciencedirect.com/science/article/pii/S0263876219301625
https://creativecommons.org/licenses/by-nc/4.0/
https://www.sciencedirect.com/science/article/pii/S0263876219301625

1. I ntroduction

Extracts of aroma compounds from natural resouareswidely used in the perfume and
fragrance industry, pharmaceutical sector, food laundan nutrition field. They are complex
mixtures of volatile compounds mainly constitutddrmnoterpenes, sesquiterpenes and their
oxygenated derivatives as well as aliphatic aldeBy@lcohols and esters. The oxygenated
fraction is highly odoriferous and mainly respomesibor the odor properties (Basile et al.,
1998). Organoleptic properties of the natural ettrdor aromas and perfumes are directly
related to the quality of the natural raw materfedsn which they are extracted as well as the
fabrication method. The preparation of perfumesgrfances and aromas from natural
resources is often not easy to achieve nor to deyme and may be very expensive. Both, the
hydrodistillation and the solvent extraction, dre tnost used processes. The second process
is preferred because denaturation of target arangounds can be better avoided by using
low operation temperature. However, the use of esdlvextraction process, dimethyl
carbonate in our case, involves a further separattep for recovering and recycling this
green solvent as a new alternative for n-hexanstsgution (Rodriguez Donis et al., 2018).
Batch distillation under deep vacuum is the typiogkration for solvent recovery since
setting a low pressure correlates with low boilteghperatures and help to avoid thermal
degradation and to preserve the organoleptic ptiegeof the aroma paste retained into the
reboiler at the end of the process and usually kn@s “concrete”. Due to the high
composition variability of the natural extracts ath@ required concentration of the aroma
molecules in the concrete, the scale-up from laboyadevelopments to full-scale
applications is frequently not completed or is ctetgal without optimising the operating
conditions, resulting in a huge economic cost.

Computer simulation and optimisation studies har@/gn successful in many areas of
pharmaceutical and chemical processing. Such tgohgihave been also extended for the
design and the optimisation of distillation of wen@nd musts for alcohol beverage production
mainly using continuous distillation column. Thengaexity of these beverage processes is a
good illustration of the challenges that have to duklressed by fragrance industry for
optimising their processes. Several studies hawveodstrated that commercial simulation
programs relate with a reasonable accuracy theatpgrvariables of the distillation process
and the key organoleptic properties of the alce@hdieverage products. ASPEN Plus,
ChemCAD and ProSim Plus are the most used comm@rieess simulators for wine and
must distillation because they perform rigorous snasd energy balance calculations
(Decloux et al., 2005; Batista and Meirelles, 20¥alderrama et al., 2012). Their strength



lies in their accurate computation of the phaseliégia of the mixtures under a wide-ranging
of operating conditions thanks to their extensigéallases of physicochemical properties and
thermodynamic models.

Decloux et al. (2005) validated the modelling wiRroSim Plus software of a continuous
industrial plant to produce neutral spirits inchgliseven interconnected distillation columns
where they considered seven representative corgy€aeetaldehyde, ethyl acetate, acetal,
methanol, 2-butanol, 1-propanol and allyl alcoholn addition to water and ethanol, all
binary liquid — vapour equilibria (VLE) includinghé congeners, were assessed by using
UNIFAC model. An optimisation study allowed the emnstanding of the congener’s
distribution along the distillation column with tlogerating conditions in order to maximise
the ethanol recovery yield and the quality of tleeitral spirit. Batista and Meirelles (2011)
simulated the continuous cachaca production witlPBIS Plus software by considering 10
congeners (methanol, isopropanol, isobutanol, pdmmol, isoamyl alcohol, ethyl acetate,
acetaldehyde, acetone, acetic acid,,)Cidto the feeding of the mixture ethanol — water.
NRTL thermodynamic model was selected for computing VLE where the interaction
parameters of the 66 related binary mixtures weljasted from experimental data or from
UNIFAC predicted values. Simulation results weregmod agreement with the industrial
plant results producing 300°mper day of anhydrous ethanol. Valderrama et allZp@ised
ChemCad process simulator to design a continuossllation column for the brandy
production and including five congeners (acetaldehyethyl acetate, methanol, n-propanol
and isobutanol) from fermented juice. Simulatiorsutes provided the best operating
conditions for achieving the quality specificatioh brandy. The simulation studies of two
beer compositions in the main feed of a small p{a80 ni/day) allowed to determine the
suitable operating conditions for the optimal lomatof the main feed and the lateral product
streams along the column.

In the case of batch distillation, Osorio et aD@2) developed their own process model in
order to define the optimal operating recipe ofcBivrandy distillation. Simulation and
experimental studies were performed by consideairgynthetic mixture of the main eight
congeners (ethyl hexanoate, ethyl octanoate, melthams-3-hexenol, isoamyl alcohol,
octanoid acid, linalool, acetaldehyde) commonlynidun real muscat wines. The binary
interaction parameters for computing the non-id&dlE were fitted from existing
experimental data. Scanavini et al. (2010) perfarrmecomparable study for improving the
cachaca quality as a distillate product in a latmryaalembic. The minor components such as

methanol, n-propanol, isobutanol, isoamyl alcohoktic acid, ethyl acetate and acetaldehyde



in addition to water and ethanol, were added tb madtidistilled commercial cachaga based
on the concentration limit established by the Brazilegislation. The modelling of the VLE
was done by using activity coefficient models agdations of state to consider the non-ideal
behavior in the liquid and in the vapour phasepeetvely. Experimental data of all binary
VLE were well described in the literature simplifgi the task of VLE calculation. The
simulation studies helped to define the appropsatpence of the distillate cuts according to
spirits quality specifications. Carvallo et al. {4) developed a pseudo-stationary simulator
for minimising the content of methanol in fruit v production by batch distillation. A
synthetic ternary mixture methanol — ethanol — watere considered and the simulated
methanol concentration in the distillate variedhe same range as measured values during
the spirits distillation of Bartleet pears. Sackeéral. (2013) developed a rigorous dynamic
model for simulating the batch distillation procéssa Cognac copper alembic of 2 L. The
raw material was pear wine distillate of 17.9 % wfvethanol obtained from a prior first
distillation. The simulation of the process enaliles definition of the operation guidance to
maximise the spirit's quality by controlling the raentration of 15 congeners such as
acetaldehyde, methyl acetate, acetal, ethyl acetegthanol, 2-butanol, 1-propanol, 2-methyl-
1-propanol, 1-butanol, ethyl hexanoate, 2-methplifanol, 3-methyl-1-butanol, furfural,
ethyl decanoate and phenethyl alcohol. The VLE praslicted by UNIFAC method under
the assumption of ideal vapour phase.

The studies aforementioned on spirits productiorbatch distillation process have been
mainly performed by in-house software and rare papave been devoted to simulation
studies using commercial software. In Valderramalet(2012), the module CC-Batch of
ChemCAD was used for simulation studies of a hith§on process for whisky production.
Similarly, Decloux et al. (2014) demonstrated thétability of using the BatchColumn®
software (Prosim S.A) for simulating the batch idadton process of an orange bitter
distillate product. The raw material was the aldwhextract of bitter orange peels macerated
during three weeks. In addition to water and ethdoar other aroma molecules defining the
quality of the bitter were selected such as two otempene hydrocarbona;pinene and d-
limonene, and two oxygenated hydrocarbons linadowa linalool oxide. NRTL model was
used for VLE modelling with binary interaction cbefents computed from experimental
data. Simulation and experimental results demotestréhat the two monoterpenes were
withdrawn in the first distillate cut and the oxygged monoterpenes in the tails cut.

Concerning the production of natural extracts fon@as and perfumes, no studies as those

cited above for the wine and spirit industry exist.the fragrance industry, the concrete



extraction step is not an issue, being either aogtly mastered or based on antique
undisclosed recipes that one should not changeh®ather hand, some improvement can be
made in the solvent recovery step where one shoudmise the loss of the key aroma
compounds during distillation. Similar to spiriteoduction, process simulations can help to
understand the relationship between the operatngnpeter values and the distribution of the
aroma compounds along the distillation column anthe distillation cuts. Therefore, optimal
operation can be investigated in order to incrdasf solvent recovery yield and purity by
minimising the content of aroma compounds. Howewmljke to the alcohol beverage
production where most of congeners can be foundhen database of the commercial
simulators, the most significant aroma moleculemtbin the perfume and fragance industry
are missing or their properties are partially diésct in experimental databases.
Consequently, VLE predictions are incomplete, naass$ energy balances are not calculated
and the process cannot be simulated by commeroigleps software. This paper aims to
simulate dimethyl carbonate solvent recovery framaeoma mixture by a batch distillation
software and to validate it with experimental measents. We address several challenges.
The first challenge concerns the modelling of thdtimomponent real mixture. For that we
build a synthetic mixture including six aroma maiks defined by the industrial partner as
target molecules in the concrete for fragrancesuses. Second, group contribution methods
were applied to compute the required physicochdmpcaperties of aroma compounds
because the scarcity of experimental data in thenoercial process simulators. Similarly,
modified UNIFAC first order group contribution meithis applied for computing the VLE of
the 21 involved binary mixtures exhibiting a nomatl behavior (Gmehling et al., 1993).
However, its application for aroma compounds isstaightforward because decomposition
of the complex aroma molecular structure into UNG-éhemical groups requires a trial and
error procedure in order to find the chemical gsotipat better fit with experimental data
including the same aroma compounds or other congmuraving the same UNIFAC
chemical groups. The last challenge refers to tda&lation of the batch distillation process
simulations at 15 kPa through the application ofcB&olumn® software (Prosim S.A).
Experimental measurements are carried out to walitee models used for predicting the
physicochemical properties of aroma compounds la@dhermodynamic method.

The paper is organised as follow. First, the medhagly is presented and the computer-
aided methods are described along with experimeiatal needed to develop them. Next, each
step of the methodology is discussed through tiparation of dimethyl carbonate from a

mixture of aroma compounds by batch distillatiod@mreduced pressure. Finally, Simulation



results are presented and compared with experitneats that are carried in a fully
automated laboratory batch distillation column.

2. Methodology for solvent recovery from a mixture with aroma compounds

Fig. 1 shows the main steps of the methodologytherdesign and analysis of the solvent

recovery process from aroma compounds mixturearptrfume and cosmetic industry.
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Fig. 1. Block diagram of the based model methodology lierdesign and anlysis of solvent recovery
process from a mixture of aroma compounds

Step 1 - Process Definition:
It comprises the selection of the operating coodgias well as the list of typical aroma
compounds. The working region of the separatiortgss is defined by the total pressure or
temperature condition.

Step 2 - Database Conception

Step 2.1 - Pure component properties:



A model describing the variation of properties wiémperature has to be set in order to carry
out the simulation studies in a commercial procgissulator. For distillation processes,
vaporisation enthalpy, heat capacity and vapoussue properties are needed. First, a
predictive method based on group contribution (&C3hosen for missing property values.
Both group selection and their contribution valumesst be carefully selected. Suitability of
the GC method can be assessed by comparison oprddicted values with available
experimental data. In the next step, the temperadependence of the property is regressed
upon a mathematical formulation that be chosen gntioose available in DIPPR database.

Step 2.2 - Vapour - liquid equilibrium of mixtures

Reliable computation of phase equilibrium data fac@al for simulation studies on
distillation processes. It is a complex task beeaarsma compounds are mainly multi-cyclic
molecules often including shared oxygen atoms. Témulting complex intermolecular
interactions in the liquid phase (such as van dexalM/interactions and hydrogen bonds)
imply the use of an excess Gibbs free energy maklvity coefficient model), such as
predictive group contribution methods. The UNIFACethod was first proposed by
Fredenslund et al. (1975) and came directly from fdirmalism of the UNIQUAC method
(Abrams and Prausnitz, 1975). The non-ideality lté tomponent in the liquid state is
characterised by the activity coefficient which ludes two terms (eq. 1): “combinatory
term” resulting from differences in sizes and shhpeveen components and the “residual
term” taking into account the interaction betweavp tany chemical groupsn and n
conforming the chemical structure of each compoiretite mixture.
Iny; = Inyf + InyR 1) (

the combinatorial term is expressed as:
CopWio 1 _Wi_ 80 _% i
lnyi—lnxi+1 " Zz(l 9i+1n9i

(2)

Wi = 5
3)

0= Zj:ifrj
(4)

0 = ijj'qj



Wherez = 10 and,r; and q; are computed taking into account the contributidnthe

functional chemical subgroup volume parameRgr and the functional subgroup surface

parameterQ, together with the occurrence frequeno;é")o of the functional chemical

subgrougk in the molecular structure.

=) U,Ei)Rk
(6)
= Xv 0k (7)

the residual term is defined as:

Iny® = — 3N, v (InT — InTY) 8)

Inl}, = Qy * [1 —InYm 0y Whni — mm‘];kn] ?

the fraction®y for each functional group is determined as:

Qm*Xm

®m - Yn Qn*Xn (10)
and the molar fractiol,, of each functional group in the molecule is coneplas:
_ v

n= (11)
The binary interaction parameters between the atearhinctional groupk andj Wy ;
follows:

Anm+bnm*T+Cpm*T?

W, = EXP (— - ) (12)

One advantage of the modified UNIFAC method (Grmghlet al. 1993) compared to the
Original UNIFAC (Fredenslund et al. 1975) is theclusion of temperature dependent
interaction parameters between two main structtiramical groupsn andn according to the
equation (12). Hence, the computation of the consta,, ,; by, n; cmn iN €quation (12) have
been carried out for the most typical structuradrafcal groupsn andn as they are defined
available in commercial process simulators, likecBEolumn®. But some are missing for
the complex aroma molecules considered in the stdture. Versatility of UNIFAC
methods is that one can define new chemical funatigroups and fit the missing constants
from experimental data including components, whitive the same chemical group
interactions even if they don’t belong exactingtiie same chemical family.



The quality of the predicted results depends ord#mmposition of the aroma molecular
structure into functional chemical groups and oe thgression of interaction parameters
between groups. In the gas phase, since distilatioits for solvent recovery commonly
operate under vacuum pressure conditions in omevoid the thermal decomposition of
aroma compounds, the vapour phase can be représastan ideal gas. For a reliable
computation of the interaction parameters betweesugs, the experimental data are
classified in two groups: the training set and vhédation set. If high average relative error
(ARD) is obtained from the fitting of the interamti parameters between UNIFAC main
groups, the molecular decomposition of the aronrapound can be revised as well as the
accuracy of the experimental data considered ih,ldbe training and validation sets. Other
predictive methods can be tested if the averaggivelerrors remain unacceptably high.

Step 3 — Process Simulation:

A proper process simulator is selected allowingitmglementation of pure component and
mixture databases and the further study of thegdeeperating variables on the solvent
recovery process. For the sake of simplicity, comipmoassumptions related to the
hydrodynamic, heat transfer loss and separatidniesity are retained and they have to be
validated in the experimental prototype.

Step 4 — Experimental validation:

Experimental runs are carried out in an adequateipetent satisfying the main
assumptions in the previous process simulationystlide average relative deviation (ARD)
or the maximum absolute deviation (MAD) between ékperimental data and the simulated
results will check the suitability of the modelsplemented in the database for predicting the
pure component properties and the phase equilibdiatia of the mixtures in step 2.

Step 5 — Sensitivity analysis and optimisation

If good agreement exists between the simulation thiedexperimental results, further
simulation studies can be carried out in ordedenmtify the key operating parameters and the
computation of their optimal values satisfying ameseveral objective functions.

3. Case study: dimethyl carbonate recovery by vacuum batch distillation

Charabot S.A has patented the use of DMC as a rgreen solvent for extracting aroma
compounds from natural resources (Lavoine-HannégueR014). The industrial
implementation of using DMC for the extraction ebma compounds has demonstrated that
the solvent recovery under vacuum batch distilfatgrocess is the most critical step.

Currently, the loss of aroma compounds in the lthigti is affecting the organoleptic



properties of the final concrete fraction. It igributed to a lack of knowledge about the
interactions between the aroma compounds and DMRBeitiquid and the vapour phases and
about the distillation column itself, which opeaatiis not optimised. Simulation studies using
commercial batch distillation process simulatorslddelp the monitoring of the target aroma
molecules in the distillate product during the neary of DMC in a batch distillation column

under various operating conditions. We apply théhoadology described earlier.
3.1. Problem Definition: Operating total pressunedaaroma compounds selection

Simulation studies of the distillation process fiegtirstly the definition of the total pressure
or the operating temperature as well as the lisitroma compounds into the mixture to be
separated. Aromatic plant extracts are complexiomtponent mixtures mainly constituted
by monoterpenes, sesquiterpenes and their oxygemgsevatives, together with aliphatic
aldehydes, alcohols and esters. Real compositioasunements by spectroscopic and
chromatographic techniques of natural extracts sldowhat there are several hundred
molecules. Such a number cannot be handled in claémrocess simulators. The aroma
compounds in the synthetic mixture were selectedhayindustrial partner based on the
criterion that each molecule represents a cherfagaily, which had to be a vital component
in most of formulations in the fragrance indusffifese aroma assortments can be represented
by a-pinene, eucalyptol and fenchone, cis-3-hexenaddiol and benzyl acetate, respectively.
Properties of the dimethyl carbonate, are also showTable 1. The advantages of using
DMC as a solvent can be hinted from values on Table

Tablel
Physicochemical properties of the solvent and aroomapounds in the synthetic mixture.
Properties Compounds
Name DMC o-Pinene Cis-3-Hexenol Eucalyptol Fenchone  Linalool Benzyl
acetate
H, e H,C_ CH, " e Hy
Chemical “a°—<§=o J:/> - Q_}Z
structure Hyc—d CH, HO H.C HiC wd
CH, H,C " Ch, ne=/ oH
CAS 616-38-6  7785-70-8 928-96-1 470-82-6 4595-62-98-70-6  140-11-4
Boiling Point  363.15 428.15 429.15 449.65 468.15 471.65  479.15
(K)
Boiling Point
(K) at 15 kPa 313.15 366.35 372.95 383.85 399.55 408.35 421.65
Melting Point ~ 277.15 218.15 212.15 271.68 279.183 253.15 221.65
(K)
Flash Point ~ 289.15  306.15 317.15 32218 32518  349.18 368.15

(K)
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AHyap (298K) 333 44.6 5338 47.8 61.2 76.9 45
(kJ/mol)

CRiqua(298K) 1704 2229 2534  261.Ff  265.f 3426 244.4
(J/mol.K)
p (293K) 1.07 0.856 0.932 0.92F 0.77% 0.865 1.054
(glcn?)
1 (298K) 0.58 1.49 2.96 2.37 4.7 6.94 212
103%(Pa.s)

®Marrero and Gani (2001jConstantino and Gani (1995)pback and Reid (1987)

DMC has a favourable boiling temperature/flash paatio, low values of properties linked to
energy consumption such as the vaporisation enttaaigd the liquid heat capacity, as well as
excellent transport properties because of the lemsily p) and viscosity |{). However, it
should be noted that DMC has a melting point of. 23K which imposes a minimal working
value for the condenser temperature in order togmtethe solidification of DMC. As stated
by Charabot S.A, the DMC recovery is performed atkPa of pressure according to the
industrial available distillation column to avoitetrmal degradation of aromas. This operating
pressure provides a working temperature rangeeotlitillation process between the boiling
point of DMC 313.15 K and the least volatile componhbenzyl acetate 421.65K (see Table
1).

3.2. Database conception
3.2.1 Pure component properties database

Correlation models of the vapour pressure, the nsgiion enthalpy and the liquid and the
vapour heat capacities are required for all comptnksted in Table 1, DMC and the aroma
compoundsi-pinene, eucalyptol, linalool, cis-3-hexenol, feorh and benzyl acetate. Values
for DMC, a-pinene and benzyl acetate are provided by the RIBRtabase available in
BatchColumn® software (Prosim, 2017a). However,agytol, linalool, cis-3-hexenol and
fenchone are missing compounds in the DIPPR datalddserefore, they are introduced in
the database thanks to the Simulis® Thermodynamicpepty server interface (Prosim,
2017b) and property values are predicted by usrogpgycontribution methods implemented

in the computational tool IBBS (Heintz et al., 2014

Table 2 shows the mathematical models selectedh®missing components in DIPPR
database: eucalyptol, linalool, cis-3-hexenol aenichone. The constants of the models are
fitted from experimental data found in literatuhe.the case of lacking experimental values,
the constants of the models are determined fromigiesl data using IBSS tool where many
group contribution models are available. Indeedg3Boo0l suggests the more suitable group
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contribution methods as the Joback and Reid me(i®&7) for predicting the vapour
pressure and the heat capacity of vapors and Bq&@uhilarly, the Marrero and Gani method
(2001) is a proper method for calculating the vegadion enthalpy. Both methods are used
and compared with experimental data.

Experimental data of vapour pressure for eucalyptok published by Torcal et al. (2010)
in the temperature range of 326.65 to 419.95 Kjf&tet al. (2014a) also reported
experimental data into the range of 253.15 to 38.dlong with data of liquid heat capacity.
Constants for the vapour pressure equation in Tablere computed from both reported
experimental data and they are displayed in Figa®waell as the predicted values using the
Joback and Reid method (1987). There is a very ggvdement between experimental and
predicted results (Fig. 2a). Two experimental valaévaporisation enthalpy of 53.2 kJ/mol
and 45.4 kJ/mol at 298.15K were reported by Roal.€2002) and Hazra et al. (2002) while
predicted values were 47.23 kJ/mol and 54.58 kJimwlg Joback and Reid method (1987)
and Marrero and Gani method (2001), respectivebnstants of the model for computing the
vaporisation enthalpy in Table 2 were fitted usthg predicted results from Marrero and
Gani method (2001).

Table2
Correlation models for missing aroma compoundsIiPHR database.

Compound Vapour Pressure Vaporisation enthalpy Liquid Heat capacity Vapour Heat capacity

INP=A+B/(T) AHyap= A+BT+CT2 CPRiquid = A+BT+CT2  CPRapou=A+BT+CT2
F’(n;?ll)l'ig): AHyqp (KI/mol); T(K)  CRiquia (kI/MOIK); T(K)  CRapofkI/molK); T(K)
Eucalyptol A =19.235 A =57.087 A=0.234 A =-0.1607
B =-5592.2 B =-0.018 B =-0.0003 B = 0.0015
R?= 0.9985 C = -5E-05 C = 1E-06 C = -1E-06
R*=0.9999 R’= 0.9996 R*= 0.9999
Fenchone A =19.939 A =68.35 A =0.0207 A=-0.1378
B = -6046.2 B =-0.0226 B =0.001 B = 0.0014
R’=0.9976 C = -4E-05 C = -5E-07 C = -9E-07
R*=0.9999 R*=0.9999 R*=0.9999
Linalool A=21611 A =140.25 A =0.023 A =-0.0307
B =-6933.6 B =-0.3498 B = 0.0003 B =0.001
R?=0.9977 C = 3E-04 C = 2E-07 C = -6E-07
R*=0.9999 R*=0.9999 R*= 0.9999
Cis-3-Hexenol A =21.966 A =73.552 A =0.0241 A =-0.0057
B = -6559.6 B =-0.036 B = 0.0001 B = 0.0006
R?=0.9991 C = -7E-05 C = 5E-07 C = -3E-07
R*=0.9999 R*=0.9999 R*=0.9999
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Fig. 2b shows the experimental values of the lichaéet capacity published by Stejfa et al.
(2014a) and they are compared with predicted vatide3oback and Reid method (1987).
Constants of the model of the liquid heat capamuityfable 2 were computed from these
experimental data. In the case of vapour heat dgpae did not find any experimental data
and the constants of the model in Table 2 werediftom the predicted values using Joback
and Reid method (1987). The same methodology wagedaut to compute the constants of
the models (see Table 2) for linalool, fenchone @rseB-hexenol.

Batiu (2002) determined experimentally the vapouespure of fenchone into the
temperature range of 365.65K - 373.75K whereadeSatjal. (2014b) reported experimental
values of the vapour pressure and the liquid hegladty from 243.15 K to 308.15K.
Parameters of the vapour pressure model in Tableez regressed by considering all
experimental values displayed in Fig. 2c. A betigreement was obtained with the predicted
values using Marrero and Gani method (2001) in IB&f% Experimental values of the liquid
heat capacity reported by Stejfa et al. (2014b)splayed in Fig. 2d and they were used for
determining the model parameters reported in TahleExperimental values of the
vaporisation enthalpy and the vapour heat capatiseveral temperatures were not found in
literature. Hence, both properties were estimadguthe Joback and Reid method (1987) in
IBSS tool and the results were used for computiegdonstants of their respective model in
Table 2. In the case of vaporisation enthalpyk Ati al. (1987) and Kusano (1985) reported
experimental values of 51.40 kJ/mol and 51.26 kDabh@98.15K, respectively. Joback and
Reid method (1987) predicted the most appropriateevof 57.61 kJ/mol.

Eucalyptol
(a) Vapour pressure vs Temperature (b) Liquid bapacity vs Temperature
~ 7 | 0.34
= &
Z 6 | £y 032
e 0.30
4 0.28
3 | 0.26 ¢0°°
2 4 0.24
1 0.22
0 , . — 0.20 1 .
0.002 0.0024 0.0028 0.0032 0.0036 273.15 323.15 373.15 423.15
1/T(K) T(K)
Fenchone
(c) Vapour pressure vs Temperature (d) Liquid kaptcity vs Temperature
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Fig. 2. Experimental physicochemical properties for sevarama molecules (circles) vs predicted
values (solid lines)

Linalool is an acyclic terpenoid tertiary alcohaidasome physicochemical properties were
published by Batiu et al. (2012). Clara et al. @0@nd Zaitsau et al. (2015) performed
experimental measurements of the boiling tempezatat different pressures as well as the
vaporisation enthalpy. Fig. 2e shows the good agee¢ between all experimental data and
the predicted values from Joback and Reid meth®87)Lby IBSS tool. Clara et al. (2009)
determined the vaporisation enthalpy with tempeeahy combining the Clausius-Clapeyron
equation and the experimental data of vapour pressuFig. 2f shows the experimental
vaporisation enthalpy from Clara et al. (2009) #mese values were used for computing the
constants of the model reported in Table 2. Predistalues from Joback and Reid method
(1987) by IBSS tool are also displayed in Fig. l2h\8ing a good agreement with the reported
values of Clara et al. (2009). Experimental valuese not found for the liquid and the
vapour heat capacities of linalool. Hence, the tamts of each respective model in Table 2
were computed from predicted values using JobadkRaid method (1987) using IBSS tool.
Scarce experimental data were found for cis-3-helxemhich is a naturally occurring leaf

alcohol with a delicate green odour. Therefore,calhstants of the model in Table 2 were

determined from predicted values. Cis-3-hexenokdérave a complex chemical structure.
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Hence, reliable predicted values are expected lsecthe molecule can be represented by
simple chemical groups CH2, CH3, C=C and OH whasatribution parameters are well
established based on the vast experimental datelafcules including these chemical groups.
Normal boiling temperature of 429.7 K is reporteg Weast and Grasselli (1989) while
Joback and Reid model (1987) provided 433.02 Kcivlaigrees well with the experimental

value.
3.2.2 Vapour — liquid equilibrium database

3.2.2.1 Thermodynamic modelling of the VLE of fhrleetic mixture of six aroma
compounds and DMC

Thermodynamically speaking, natural plant extrdetkave as non-ideal mixture due to the
formation of hydrogen bonds, the dipole/dipole latdions between polar chemical
functional groups such as hydroxyl group, ketonesig, ester group, cyclic oxygen atom,
andr interactions of benzyl group. Furthermore, DMC thase oxygen atoms connected to a
carbon atom mainly behaving as a proton acceptearméss of the dew and the boiling
temperature curves in VLE of binary mixtures aslvwad the azeotrope formation will
promote the escape of the aroma molecules in tkéllate. Because of the lack of
experimental data, the estimation of binary andticahponent VLE is performed using the
group contribution modified UNIFAC model. Table Bplays the chemical structure of each
aroma molecule and DMC as well as the chemical gr@asignments for each component
indicating the main group and their respective soiygs according to the classification of
modified UNIFAC method (Gmehling et al. 1993).

Table 3. Group assignment for the modified UNIFAC meth&hiehling et al., 1993)

Group

. Compounds
modified UNIFAC P
. Dimethyl . Cis-3- . Benzyl
Main group Subgroup carbonate a-Pinene | ohol Eucalyptol Linanool  Fenchone acetate
CH3 (1) CH3(1) 1 3 1 3 3 3
CH2(2) 3 2
C(4) 1
C=C(2) CH2=CH(5) 1
CH=CH(6) 1
CH=C(8) 1 1
AcH(3) ACH(9) 5
ACCH2(12)
OH(5) OHp(14) 1
OHt(82) 1
CH2CO(9) CH2CO(19) 1
CCOO0(11) CH3CO00(21) 0 1
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CH20(13) CH30(24) 1
CHO(26)
CO0(41) COO(77) 1
cyCH2(42) cyCH2(78)
cyCH(79)
cyC(80) 1
cyCH20(43) THF(27)
(CH2)O(CH2)
cyCH20(83)
(CH2)O(CH2)"?
Trioxane(84)
(CH2)"?0(CH2)**

DMC is a well-known solvent and several papers hheen devoted to experimental
measurements of VLE with compounds from severaimita& families such as saturated
hydrocarbons, alcohols, esters, ketones, aromatidscarbonates. DMC is decomposed into
chemical subgroups according to the existing decsitipn in the modified UNIFAC
method available in the thermodynamic calculatomBis® Thermodynamics (Prosim,
2017b): one carbonate main group COO, one ethempg@H30 and one CH3 group. In the
case ofu-pinene having a double carbon ring linked to twféecent carbon atoms, the main
UNIFAC group cyCH2 allows considering the cyclicusture with the exception of the
double bond C=C that is considered as a lineamcl&milar conditions exist for fenchone
where a linear ketone group CH2CO was considerqut@sosed by Batiu (2002, 2005) due
to the absent of a cyclic ketone group as a mabumin the modified UNIFAC method
(Gmehling et al. 1993). A more complex situatiomsexfor eucalyptol that is a heterocycle
sharing an oxygen atom because the subgroup cy@Sntoexist in modified UNIFAC
method (Gmehling et al. 1993). Hence, the most @gpmte UNIFAC main group is
CyCH20 which involves three different subgroup®ider to characterise the cyclic oxygen
atom in tetrahydrofuran (THF), 1,3 dioxane andxaioe as it is displayed in Table 4,
cy(CH2-O-CH?2), cy[(CH2)O(CH2¥] and cy[(CH2}?O(CH2)"?, respectively.

Table 4. Functional groups for molecules containing cyclicygen atom in modified UNIFAC
method.

Molecule Chemical Main Subgroup  Decomposition number
Structure Group

Tetrahydrofuran ) e ) 42 78 cy-CH2 2
(THF) ’_ ] 43 27 cy(CH2-O-CH2) 1
1.3dioxane [y 42 78 cy-CH2 1

] \4_> 43 83 cy[(CH2)O(CH2}? 2
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Trioxane TN

e
g

Xy 43 84  cy[(CH2)"?0(CH2)"] 3
o/

Batiu (2005) proposed the eucalyptol UNIFAC decosifan by taking one contribution
of trioxane subgroup cy[(CHZJO(CH2)"4. However, the half of the contribution of each
CH2 group linked to oxygen atom was only consideard one main group of cyCH2 was
missing in the description of the total moleculausture of eucalyptol. Therefore, according
to Table 3, we found three alternative ways foramegosing the whole molecular structure of
eucalyptol by using separately each main chemioaligs, trioxane(l) and tetrahydrofuran
(1) from Table 4. Decomposition (Ill) consider tlgclic ether group like a linear CH20
chemical group in modified UNIFAC method as it ismplemented in
Simulis® Thermodynamics software (ProSim, 2017b):

()  1-cy[(CH2)"?0(CH2)}"3 + 1-cyC + 1-cyCH + 4-CyCH2 + 3-CH3;

(1 1-cy(CH2-O-CH2) + 1-cyCH + 4-CyCH2 + 3-CHS3;

(nmy  1-CH20 +1-cyC + 1-cyCH + 4-CyCH2 + 3-CHS.

Table 5 displays the interaction parameters of itien chemical groups required for
computing all binary VLE between the seven comptsenmposing the synthetic solution.
Critical situation appears for the prediction of &/linvolving DMC because the absence of
the interaction parameters between the UNIFAC ggaDpl20(13) and COO(41). As it can
be observed in Table 3, both functional chemicalgs are included in the molecular group
decomposition of DMC when using modified UNIFAC mmedl. Furthermore, the prediction
of VLE between DMC and eucalyptol cannot be perfedrbecause the lack of the constants
of the Eq. (12) between the carbonate group COQ @Hd the cyclic ether group
cyCH20(43) in the modified UNIFAC database of then@is® Thermodynamics software
(ProSim, 2017b). The missing parameters of Eq.NLA.(in Table 5) can be computed from
available experimental VLE data of binary mixturesluding one component that contains
carbonate group COO(41) in the chemical structurdewthe second component has a cyclic

oxygen atom cyCH20(43) or a linear ether group CH3Paccording to Table 3.

Table 5. Modified UNIFAC parameters in Simulis® Thermodynamsoftware
(1 (am,n) ) 2(am,n-bm,n) and 3(lm,n; bm,n; Cm,n))

Groups CH3 C=C AcCH AcCH2 OH CH2CO CCOO CH20 COO CyCH2 CyCH20
CH3(1) 0 2 2 2 3 2 3 2 2 3 3
C=C(2) 2 0 2 2 3 2 2 2 2 2 3
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ACCH(3) 2
AcCH2(4) 2
OH(5) 3
CH2CO(9) 2
CCOO0(11) 3
2
2
3
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Table 6 displays the experimental VLE data foundhi@ specialty literature. Most of data
were measured in the temperature range betweed®88and 413.15 K at low pressure. It
should be noted that all experimental VLE data ioty mixtures with carbonates involve
acyclic compounds only. Hence, we cannot deterntieeparameters between the groups
COO0O(41) and CyCH20(43) as described in Table 5. dafe only take into account the

chemical group decomposition (lll) for eucalyptohieh includes the functional groups
CH20(13) and COO(41) as for DMC .

Table 6. VLE experimental data for computing the interactiparameters COO — CH20 of
Modified UNIFAC method. (N: number of experimendiata points)

components VLE Type N AP AT Ay

'dimethyl carbonate 2-ethoxyethanol P=66.66 kP8 - 0.3150 1.9463

P=93.32 kPa 0.2979 2.1256
“dimethyl carbonate methyl ethyl carbonate P= 101.3 kPa 49 - 0.0199.1110
“methyl ethyl carbonate diethyl carbonate 0.0076 0.0677
“dimethyl carbonate diethyl carbonate 0.0242 0.4246
“dimethyl carbonate propylene carbonate 0.0696 0.0318
*dimethyl carbonate methyl tert-butyl ether T=298.15K 43 0.2942 - 0.5240
*diethyl carbonate methyl tert-butyl ether 0.6600 1.9889
“dimethyl carbonate dimethyl oxalate T=373.15K40 0.6729 - 0.1075

T=393.15K 0.4057 0.1779

T=413.15K 0.3492 0.1611

! Matsuda et al. (2011jLuo et al. (2001); Francesconi R. (1997)\a et al. (2004)

The three constants, ;; by j; ¢x; of thegroup interaction parameters of Modified UNIFAC
method were determined from the experimental da&jported in Table 6 by using

Simulis® Thermodynamics software (ProSim, 2017b) eacimising the following objective
function:
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0.F =YY ABS (’::;—j:,l> + ABS (%) + ABS (%) + ABS (%)

(=) =) (=) (=)
(13)
Table 7 displays the interaction parameters betwleemain chemical group of linear ether
CH20(13) and the carbonate group COO(41) accorthnthe chemical functional groups
defined in the Modified UNIFAC method. The six ctar¥s a,,,;bmn;cmn in Table 7
provided the minimal value of the O.F at 28.235Me Telative erroréP, AT andAy of the
respective term in the Eq. (13) are reported imet&bfor the training set. It should be noted
that the best fitting occurs for the binary mixt@nly including carbonates compounds. The
worst fitting corresponds to the binary mixture DMC2-ethoxyethanol that could be
explained by the presence of the OH group promatiregformation of hydrogen bonds in
addition to the dipole/dipole interactions duelte presence of the ether group.

Table 7. Parameters of Eq. (12) between the carbonate gf@@®) and the linear ether
group (CH20) for Modified UNIFAC method.

Main Group Amn (K) brn Cmn(K™)
(41)COO— (13)CH20 -897.3714 -9.4579 0.03067
(13)CH20— (41)COO -518.1647 4.7562 -0.00653

The interaction parameteds, ,;; by, »; ¢ Were then used for computing the binary VLE data
between DMC and 1,2-epoxybutane which was seldaethe validation set. Experimental
VLE data were measured at three temperatures 28K,1298.15 K and 313.15 K
(Francesconi and Comelli, 1996). Modified UNIFACcdmposition of 1,2-epoxybutane was
defined as 1CH3+1CH2+1CH+1CH20. Fig. 3 displayshkbiing and the dew temperature
curves versus the molar fraction of DMC as welthesvalues of relative errofs® andAy in

the Eqg. (13) showing the satisfactory agreemeth®fpredicted results with the experimental
points. Therefore, these parameters can be useprédicting the VLE of binary mixtures

including DMC and especially for the mixture DMQucalyptol.
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Fig. 3. Binary VLE for DMC(x) — 1,2-epoxybutane at different temperatures. Exptal values
(dot). Calculated values (solid line).

The suitability of the Modified UNIFAC method forgdicting binary VLE of the aroma
molecules was also studied by comparing experirhelataa with predicted results. Table 8
displays the average relative deviation of the temajure (or pressure) and the vapour
composition of the binary mixtures includimgpinene, fenchone, eucalyptol or linalool with
linear alcohols, alkanes, alkenes and cyclic comgesu Some experimental VLE data of
binary mixtures including only aroma compounds wads® considered. The experimental set
contains VLE data under a great variability of temgture and pressure conditions. Most of
data were measured at reduced total pressure amdelmperature. Overall, very good
agreement occurs between the experimental datahengredicted results from Modified
UNIFAC model. These results indicate the suitapibf applying the Modified UNIFAC

model for predicting binary VLE of mixtures inclugj aroma compounds.

Table 8. Comparison between experimental VLE data and piedlicalues by Modified UNIFAC
model.

Mixture N  P(kkPa) T(K) AT AP Ay data
source
a-pinene — 1-butanol 12 26.66 - 0.0447 - 0.9932 1
a-pinene — 1-butanol 12 40 - 0.0418 - 0.8382 1
a-pinene — 1-butanol 12 53.33 - 0.0383 - 0.7363 1
a-pinene — 1-pentanol 11 26.66 - 0.0402 - 0.7022 1
a-pinene — 1-pentanol 11 40 - 0.0211 - 0.4571 1
a-pinene — 1-pentanol 11 53.33 - 0.0230 - 0.2973 1
a-pinene — 1-hexanol 11 26.66 - 0.0185 - 0.2142 1
a-pinene — 1-hexanol 11 40 - 0.0194 - 0.1604 1
a-pinene — 1-hexanol 11 53.33 - 0.0166 - 0.1220 1
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a-pinene - (+)-limonene 31 101.3 - 0.0156 - 0.2483 2

a-pinene - eucalyptol 31 101.3 - 0.0713 - 1179 2
a-pinene - cyclohexane 14 - 338.15 - 0.8112 0.3099 3
a-pinene - heptane 18 - 358.15 - 0.5523 0.8359 3
a-pinene - octene 13 - 368.15 - 0.4894 0.5644 3
a-pinene - cyclohexene 17 - 343.15 - 0.2019 0.1476 3
eucalyptol — (+)-limonene 31 101.3 - 0.0742 - 1410 2
fenchone - decane 13 6.67 - 0.0068 - 0.1243 4
Linalool — n-propanol 11 20 - 0.0148 - 0.8703 5
Linalool — 1-butanol 11 60 - 0.0117 - 0.2775 5
Linalool — n-propanol 11 20 - 0.0273 - 1.0327 5
Linalool — 1-butanol 11 60 - 0.0171 - 0.7363 5

ICongmin et al. (2003fReich et al. (1992¥Farelo et al. (1991)Batiu (2002),°Dongshun et al. (2002)

PEXP_Ppal TEXP_T‘cal yfﬂifp_ylcl(l;l

(AP = IivzlABS W AT = ABS m ) Ay= ABS m

)
2

2 2

3.2.2.2 Determination of binary and ternary VLE tbe synthetic mixture at reduced

pressure

The working pressure of the batch distillation msx of 15 kPa was defined by the industrial
partner taking into account the vapour pressureenofiDMC available in DPPR database
(see Table 2) and fixing the condensation temperattithe distillate product at 313.15K (the
DMC boiling temperature at 15 kPa). Fig. 4 displtys binary VLE between DMC and each
aroma molecule considered in the synthetic mixatres kPa by using the Modified UNIFAC

method.
(a) DMC —a-Pinene (bDMC- cis3-hexenol (c)DMC - Eucalyptol
70 f__\BSﬂ ﬁ;ga
@ 150 Eé,sm % 380
= ™ 260 =m0
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340 350
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330 330 50
320 320 320
310 310 310
1] 0.2 0.4 0.6 0.8 1 o 0.2 0.4 0.6 0.8 1 L] 0.2 0.4 i 0.6 0.8 1
Molar fraction x; Molar fraction x; Molar fraction x;
(d) DMC - Fenchone (eDMC - Linalool (f) DMC—-Benzyl acetate
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Fig. 4. Binary VLE between DMC (» and each aroma compound in the synthetic mixtareputed
by Modified UNIFAC method at 15 kPa (molar fracfion

Due to the closeness between the boiling and dewyedeature curves at high composition

of DMC in Fig. 4a and 4c, potential losswpinene and eucalyptol could happen during the

DMC recovery by batch distillation process. Theslad these aroma molecules in the

distillate will decrease the olfactive quality ¢fet concrete recovered into the reboiler at the

end of the batch distillation process. These VLEults indicate that DMC recovery will

require a high number of equilibrium trays andueftatio in order to avoid the loss af

pinene and eucalytol. For completing all informataibout the thermodynamic scenario of the

multicomponent synthetic mixture, the binary VLE revealso determined for each pair of

aroma compounds in order to detect the eventualdtion of azeotropic mixtures.
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(g) cis-3-Hexenol(®-Fenchone (h) cis-3-HexenoljxLinalool (i)cis-3-Hexenol(x)-Benzyl acetate
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Fig. 5. Prediction of VLE between each pair of aroaeampoundsn the synthetic mixture computed
by Modified UNIFAC method at 15 kPa (molar fraction

Fig. 5 displays the binary VLE at P = 15kPa betwakpossible binary combinations. It can
be observed in Fig. 5 thatpinene(x) forms a binary azeotropic mixture with cis-3-heak
having a molar fraction ofix= 0.756 and a boiling temperature of BP = 361.8BKother
binary azeotrope is formed under this working puessbetween cis-3-hexenofjxand
eucalyptol with x = 0.654 and BT = 371.1K. The loss @fpinene with DMC could also
promote the loss of cis-3-hexenol and eucalyptolthie distillate because both binary
azeotropic mixtures are minimum boiling temperatiyfe (see Figs 5a and 5f). Indeed, the
boiling temperature of the azeotropic mixturesltse to those ofi-Pinene (366.35K) at 15
kPa. Furthermore, the existence of a ternary azgetbetweem-pinene, cis-3-hexenol and
eucalyptol was checked because it is usually predhdily the existence of two binary
azeotropic mixtures with close boiling temperatursminimum boiling ternary azeotrope
would increase even more the loss of these molgdnlehe distillate together with DMC.
Ternary residue curve map was computed by Simuls®Tiodynamics at P = 15 kPa. Fig. 6
displays the computed residue curve map of theatgmixture by using Modified UNIFAC

and predicting that there is not formation of a&ey azeotropic mixture.

() Eucalyptol(x) - Fenchone (k) Eucalyptolf)x - Linalool (I) Eucalyptol(x)-Benzyl Acetate
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Fig. 5. (continued). Prediction of VLE between each pamromacompoundsn the synthetic
mixture computed by Modified UNIFAC method at 1%akgPnolar fraction).

We can now proceed with the use of the processlaioruhat will help to minimise the loss
of aroma compounds in the distillate product bylifig the suitable operating conditions for
DMC recovery. We present in the next section thmuftion results as well as the

experimental validation of the process in a lalmgabatch distillation column.
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Fig. 6. Residue curve map for the ternary mixturexd?inene - cis-3-hexenol — eucalyptol predicted
by Modified UNIFAC model at 15 kPa (mass fraction).

3.3. Process simulation and experimental validation

3.3.1. Chemicals, methods and experimental setup

3.3.1.1. Standards and solvents

Chemicals for preparing the synthetic mixture usethe batch distillation experiments have
the following features: Dimethyl carbonate (99 wi%s purchased from Fluka;pinene
(98% of purity), eucalyptol (99% of purity) and){fenchone (>98% of purity) were
provided by Aldrich, cis-3-hexenol (>98% of purity)inalool (97% of purity) and benzyl
acetate (99% of purity) were purchased from Sigrdriéh. All components were used
without any additional purification.

3.3.1.2. Analytical methods

GC analysis was carried out using an Agilent 78@@ipped with a flame ionization detector
and fitted with a 20m x 0.1mm x 0.1um VF-1MS coluprogrammed at 3°C/min from 70°C
to 250°C held for 60 minutes. Helium was the cargas with a flow rate of 0.5 mL/min.
Split ratio: 500. Relative amounts of individuahgoonents are based on peak areas obtained
without FID response factor correction. GC—-MS asialywas carried out using an Agilent
6890 GC coupled with an Agilent 5975 MSD operatedi mode at 70 eV, fitted with a 60
m x 0.25 mm x 0.25 pm VF-1ms column programmed°&¢rain from 70°C to 250°C held
for 90 minutes. Helium was the carrier gas witfloav rate of 1 mL/min. Split ratio: 50.
Identifications were achieved by comparison tbé mass spectra and retention indices

(RIs) with those of both in-house and commérbi& libraries. Three replicates were
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performed for each sample. The average of these thalues and the standard deviation were
determined for each identified component.

3.3.1.3. Experimental setup at laboratory scale.

Experiments of the separation of DMC from the sgtithmixture at 15 kPa were carried out
in a fully automated FISCHER technology® LABODESTRS 500C. The experimental
distillation setup is displayed in Fig. 7.

Fig. 7. Experimental batch distillation column. Model LABEBST® HRS 500C of Fischer
Technology.

The FISCHER® LABODEST® HRS 500 C is a compact aedsatile distillation unit
where the column is packed with a special packimyiding up to 90 theoretical plates as
separation efficiency. The liquid hold-up insidee tbolumn and the pressure drop can be
neglected. A vacuum pump system connected at thencotop allows the separation of
mixtures until 0.1 mbar. The reboiler flask withmeximal capacity of 500 mL is submerged
into an oil bath while the packed column is heabtgdan external electric mantle. The
condenser and the subcooler are connected to atatydhe modular system has a control
panel allowing the monitoring of the pressure amel temperature at several locations of the
column. Pt100 sensors are placed into the rebailéhe main condenser and in five positions
along the height of the column. The reflux ratiocantrolled by the open/close time of a
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solenoid valve located between the column top &edvertical main condenser. Distillate
product is collected in 10 ml flasks under vacuuespure conditions.

3.3.2 Experiments and simulation studies

The synthetic mixture of seven components was peeply mass control providing a DMC
mass fraction of 0.6652 and 0.0558 for each arorokecule. Three batch distillation runs
were carried out at pressure of 15 kPa with anainihass charge of 0.211 kg into the
reboiler. The temperature of the cryostat condensas set at 276.15 K to prevent
solidification of DMC (see Table 1). The initiahtg@erature of the heating oil surrounding the
reboiler was 323.15 K that is 10 K higher than tloding temperature of DMC under the
working pressure. A difference of 2 K was set bemvthe temperatures of the oil bath and of
the liquid into the reboiler during the distillatgthdrawal. This set of temperature difference
allows the increasing of the heating fluid tempematalong with the increasing of the liquid
temperature into the reboiler because the enrichimehigh boiler compounds with higher
vaporisation enthalpy and specific heat coeffigeihe distillate flow rate remains most the
time stable with this type of power supply contrdhe external heat mantle around the
packed column was set at 2 K lower than the tentyeraf the internal vapour in order to
avoid the flooding condition into the column. Aftigre reboiler was charged with the initial
mixture and the working pressure was set at thel@oser, the distillation column was run
with no reflux until the first condensate drops #eisually detected into the condenser. Next,
the solenoid valve was closed and the column rweutotal reflux during one hour. Steady
state operation was corroborated by the constampeéeature of the liquid into the reboiler
and of the vapour at the column top. The withdtasydMC started under a reflux ratio of
0.5, which provided a good compromise between tted bperating time and the purity of
DMC according to the preliminary simulation tesibe temperature at the top of the column
and into the reboiler were recorded along withftlieg time of each distillate flask. Batch
distillation process was stopped when a significaateasing of the temperature was detected
at the top of the column between two consecutigélidition cuts. Samples of the distillate
flask were taken for further mass quantification BMC and each aroma molecule.
Experimental variation of the distillation compasit and the temperatures of the liquid into
the reboiler and of the vapour at the top of thHerom with the operating time were compared
with the simulation results given by BatchColumn&tware (Prosim, 2017a).

Technical features of the experimental batch ¢hsin column and the operating

conditions were taken into account for simulatitudges in order to corroborate the predicted
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VLE using Modified UNIFAC at 15 kPa (Figs 4-6) withe computed interaction parameters
of the chemical groups COO and CH20O (see TableTig simulation studies of DMC
recovery were carried out at reduced pressure kiPd5taking into account the total amount
and the experimental composition of the initial rgjea We considered adiabatic operation of
the distillation column and negligible liquid holgh and pressure drop.

While there exist several shortcut methods for tlesign of continuous distillation
processes to assess operating parameter values (f@&io, tray number, feed tray location),
only a few have been extended to dynamic batchilldigin processes (Mujtaba, 2004,
Diwekar, 2012). Adaptations of Fenske equation waedl for nearly ideal mixtures with
constant volatility, however, they are not suited our case where the non-ideal
thermodynamic behavior in the mixture DMC — aronsapounds gives rise to pinch and
azeotropes. Instead, analysis of residue curve R(PM) is necessary (Gerbaud et al., 2006)
to get an estimate of tray numbers under totalixedlperation, combined with computation of
composition profiles under finite reflux value tefine tray numbers and assess feasibility
regions. In our case multicomponent mixture makesRCM analysis difficult because of the
absence of graphical representations. As an atteento computing composition profiles
maps, simulation was used spanning several traypauconfigurations from 90 (maximum
separation capacity of the experimental column)i#tillation column having between 50
and 55 equilibrium trays provides a high separatbDMC as well as a minimum absolute
error between the computed and experimental valtidse temperature of the liquid into the
reboiler after one hour of operation under totdluse The computed reflux ratio of 0.5
maintains the high separation performance of thenwo as the DMC content decreases into
the reboiler during the batch distillation proceBse vapour flow rate was adjusted from the
experimental measurements of the averaged distillatv rate and the reflux ratio. The start-
up condition of the batch distillation column wamsidered as the steady state liquid profile
inside the column at total reflux. The stop crerifor simulation runs was the experimental
final temperature of the vapour at the top of tbkian.

Fig. 8 displays the variation of experimental amduation values of the temperature of
the vapour at the top condenser of the column @ag.and the liquid into the reboiler (Fig.
8b). Very good agreement exists between both mepaltticularly for the vapour temperature
at the column top that keeps at 313.15 K correspgntb the boiling temperature of pure
DMC at 15 kPa (see Fig. 8a). High purity DMC waghdrawn as distillate product during
almost the whole operation time with a reflux raifd.5. Indeed, DMC was the most volatile

component of the multicomponent mixture corroboigathe prediction of modified UNIFAC
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model (see Fig. 4-6) about the non-existence ofagett boiling temperature binary or ternary
azeotrope in the multicomponent synthetic mixtltig,. 8b displays a similar trend of the
temperature variation of the liquid mixture intoetleboiler for both, experimental and
simulation results. The most significant deviatitretween the experimental and simulation
values of the temperature inside the reboiler seoled during the last part of the distillation
process when DMC is almost exhausted from thelldisdin column and the liquid mixture

contained into the reboiler was very viscous anckgt A sudden increase of the vapour
temperature at the top of the column from 313.1t6 BR62.15 K was computed by simulation
providing a final operating time of 440 minutes.isThimulation result agrees very well with

the experimental operating time of 436 minutes.
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Table 9 displays the average values of the masgasition for DMC and for the detected
aroma compounds in the experimental distillate ants$ their respective computed values by
simulation. The maximum absolute error of the gti@ation of DMC, a-pinene and cis-3-
hexenol of the three replicates was obtained feldkt distillate cut and are reported in Table
9. A decrease of the DMC content in the last ths#i cut occurred abruptly because 98.3%
of its total mass in the initial charge had beenhdrawn in all previous distillate cuts
providing an average mass purity of the distillamduct of 0.9872. Consequently, a
significant amount ofi-pinene and cis-3-hexenol were found in the lasbtudlistillate due to
the quick temperature increase of 50 K of the vamduhe top of the column. In the last
distillate cut, the experimental mass fraction O is lower than the computed value by

simulation and consequently, thepinene content is higher. Similar to simulatiarpinene
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was detected experimentally since the first deggllcut, corroborating that the loss of this
aroma compound takes places because of the clesehése boiling and dew temperatures
curves at high DMC composition as it was predidigdModified UNIFAC method (see
Fig.4a). These experimental and simulation resigtmonstrate that loss afpinene will be
barely avoided in the distillate product of the usttial solvent recovery process. Cis-3-
hexenol was detected experimentally in the lastilldi® cut while eucalyptol was only
identified by simulation. The presence of cis-34m0{ in the experimental last distillation cut
can be explained by the predicted formation of aimmiim boiling binary azeotropic mixture
with a-pinene by Modified UNIFAC method (see Fig. 5a).eTlinal experimental
temperature at the top of the column (362.15 K)eis/ close to the predicted temperature of

361.8K of the azeotrope-pinene — cis-3-hexenol at is is shown in Fig. 6.

Table9
Mass composition of the distillate cuts.
Time Experiments Simulation results
(minutes) Xpmc® Xu-pineneb Xeis-3-hexenol Xeucalyptol | XbDMC ~ Xa-pinene  Xcis-3-hexenol ~ Xeucalyptol
20 0.9956  0.0044 0 0 1 0 0 0
47 0.9977  0.0023 0 0 0.9984 0.0015 0 0
99 0.9981  0.0019 0 0 0.9922 0.0077 0 0
149 0.9970  0.0029 0 0 0.9896 0.0102 0 0
175 0.9966  0.0034 0 0 0.9890 0.0108 0 0
225 0.9964  0.0036 0 0 0.9885 0.0112 0 0
325 0.9951  0.0049 0 0 0.9876 0.0121 0 0
386 0.9944  0.0056 0 0 0.9866 0.0132 0 0
426 0.9939  0.0061 0 0 0.9854 0.0144  0.0020 0
436 0.2760 0.6040 0.1200 0 0.3911 0.4825 0.1132 0.0130

Maximum Absolute Erro0.0011°0.023:%0.008

Fig. 9 shows the instantaneous variation of thesngasposition of DMC and-pinene in
the distillate versus the operating time computgdsimulation. It should be noted that the
total operating time computed by simulation is fminutes longer. Hence, simulation results
provides a more significant variation of the masstion ofa-pinene during the withdrawal
of the last distillate cut. The experimental maastion of a-pinene reached a maximum at
0.61 that is close to the composition of the biraxgotrope with cis-3-hexenol (see Fig 5a)
which was predicted by Modified UNIFAC model. In ngeal, there is a satisfactory

agreement between the experimental and simulaleeésaf the mass fraction of the solvent
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and aroma compounds in the distillate cuts withekeeption of eucalyptol, which was only
detected in the last cut of distillate by simulattmut with a low mass content of 1.3%.

The average total final mass recovered into theil@bwas 0.06597 kg from experiments
that matched very well with the simulation value 0f0645 kg. Component mass
guantification of the experimental concrete wasaastied out due to the high viscosity of the
mixture retained into the reboiler with a burneghegrance. In general, good agreement was
obtained between simulation and experimental rgsdiémonstrating the capability of the
Modified UNIFAC method along with the new groupardction parameters (see Table 7) for
modelling the complex thermodynamic behavior of YHeE between the aroma molecules
with DMC. Experimental features of the separatiéthe complex multicomponent mixture
by batch distillation process can be explained thia coupling of the group contribution
method Modified UNIFAC with a rigorous process slatar by including a suitable
molecular decomposition for each molecule as welagroper computation of the missing

parameters from current experimental data.
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4. Conclusions

Within the context of aroma industry, we have pnése the modelling and experimental
validation of dimethyl carbonate solvent recovergni a synthetic six-compound aroma
mixture by batch distillation under reduced pressdihe methodology deals with two main
difficulties on process simulation study: the c#tion of physicochemical properties of

aroma compounds and the computation of the VLHIafeolved mixtures with two or more
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compounds exhibiting complex chemical interactiofise application of group contribution
methods allowed the prediction of all required ptyshemical properties of the missing
aroma molecules in the database of the commerctaeps simulators. Besides, modified
UNIFAC method has demonstrated the good capahdlityredicting the binary and the
ternary VLE of these complex mixtures by using #éafile molecular decomposition of each
aroma compound as well as a proper computatiohefissing parameters from available
experimental data. Simulation study of DMC recovesy using BatchColumn® software
allows the prediction of the dynamic distributiohtlee aroma compounds inside the column
and their contents in the distillate cuts. Expentakresults in a laboratory batch distillation
column were in good agreement with the simulatiesults. The loss ofi-pinene in the
distillate is promoted by the nearness of the bgiland dew temperature curves at high
composition of DMC in the VLE of this binary mixtr Similarly, the prediction of a low
boiling azeotrope betweenpinene and cis-3-hexenol can explain the lossse8dexenol in
the last distillate cut. These results prove thatlbss ofu-pinene will be barely avoided in
the distillate product of the industrial solventaoeery process. A co-solvent forming a low
boiling binary azeotrope with DMC could be addedoirthe reboiler at the end of the
distillation process to fully recover this solventhile keeping the better organoleptic
properties of the concrete. The methodology wilkelzeended for a reliable calculation of the
operating conditions in larger scales in order &ximise the recovery of the DMC and its
recycling towards the preliminary extraction pracebhe proposed thermodynamic approach
can be applied to the solvent recovery from natwglracts including other aroma

compounds.
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